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Abstract—As the limit on combustion generated pollutants is becoming more strict, a potentially ecological
as well as economical new technology to decrease combustion generated pollutants by liquid fuel com-
bustion is to adopt a fuel pre-vaporized, premixed combustion. This paper presents a study on the liquid
fuel vaporizing and mixing processes. An effective method for the calculation of turbulent two phase
evaporating flow has been developed, based on a realistic droplet vaporization model and a comprehensive
turbulence—particle interaction model. Using the method, the influences of inlet gas swirling and heating
on water droplets evaporation and mixing processes are numerically studied and compared with our
experimentally measured data which show a reasonable agreement. Then, fuel droplets evaporation and
mixing processes in the pre-vaporized, premixed oil burner at different confinement conditions are simu-
lated. According to our studies, a strong inlet air swirl can greatly enhance mixing between the droplets,
the air, and the recirculated flue gas which enters the burner. It also sharply reduces the droplet velocity,
and thus prolongs the droplet vaporizing and mixing time to maintain a stable premixed combustion,
proper combustion chamber confinement should be designed to ensure that sufficient recirculated flue gas
is supplied to fully vaporize the fuel droplets before exiting from the burner and the actual mass fraction
of the gaseous fuel is higher than the flammability limit one. © 1998 Elsevier Science Ltd. All rights
reserved.

INTRODUCTION

As public interest in having ecologically-clean as well
as economically sound power plants is growing, limit
on combustion generated pollution is becoming more
strict. But reducing harmful pollutants in the process
of burning fossil fuel is a compromise : reducing car-
bon monoxide (CO) normally results in increased out-
put of harmful NO,, and vice versa [1]. It has been
established that premixed natural gas burners offer
good combustion efficiency and low pollutant emis-
sions. Premixed oil burners, in which fuel oil is evap-
orated prior to combustion are now slowly entering
the market in gas turbines as well as in household
furnaces. But there are still some fundamental mech-
anisms facing the scaling up of such pre-vaporized,
premixed oil burner which need to be studied [2, 3].
The main principle of this type of burner is to adopt
a high inlet air swirl, thus inducing a strong in-furnace
flue gas recirculation. These recirculated flue gases are
then conducted into the burner (together with the inlet
air) to evaporate the atomized fuel droplets (see Fig.
11). A lean combustible mixture is hence formed
which leaves the burner and enters the premixed flame.
At the exit of the burner the vortex breaks down,
forming a recirculation zone which stabilizes the flame
in free space, keeping combustion temperature and
emissions low.

Thus, whether a fully premixed combustion can be

1 Author to whom correspondence should be addressed.

achieved near the burner exit is mainly determined by
the rate at which the fuel can evaporate and mix in
combustible proportions with air. So a sound knowl-
edge of the factors governing the rate of evaporation
of fuel sprays is a key requisite to the success of such
a pre-vaporized, premixed oil burner combustion. But
in this two phase turbulent vaporizing process, there
are strong couplings between the continuous and dis-
persed phases in both the mean and fluctuation levels.
First, when a droplet travels in the continuous phase,
it will exchange heat, mass, and momentum with the
surrounding gas. Second, in turbulent flow condition
when numerous droplets penetrate through the tur-
bulent field of the continuous phase, they will exert
some influence on the turbulent field, yielding some
extra dissipation terms due to the particles slip velocity
at the fluctuating level, the so called “turbulent modu-
lation of continuous phase”. At the same time, the
particles themselves will experience certain dispersion
due to the actions of the turbulent field, the so called
“turbulent dispersion of dispersed phase”.

On the iteration of particles and turbulent fluid
flow, Rudinger [4] introduced a one-way coupling
approach, which only considered the influence of gas
to particles, while the gas flow field characteristics was
assumed to be unaffected by the presence of particles.
The one-way coupling approach has been used by
many workers [5, 6], and is proper only for low par-
ticle mass loading. When the mass loading ratio is
high, the coupling between the gas and the particles
becomes two way [7, 8], where the particles act as
sources of mass, momentum, and energy for the gas,

1807



1808

B. ZUO and E. VAN DEN BULCK

Cp  drag coefficient

Ch  specific heat of the gaseous mixture at
constant pressure [J kg ' K™/

d droplet diameter [um]

F inter-phase diffusive transfer
coefficient [kg m~>s~']

Fr, F, correction factor

k continuous phase turbulent kinetic
energy [m* s~

K,  thermal conductivity of the gaseous
mixture [W m~! K1

Le Lewis number, Le = K./(Cpml ')

L(T,) latent heat of the vapor at temperature
T.J kg™']

my, m inter-phase mass transfer rate
[kgm™3s7]

M mass flow rate [kg s™']

Nu  Nusselt number, Nu = dhy/K,,

Pr Prandt]l number, Pr = K,,/(pv.Cp)

Q.  heat transferred into the droplet

Wm
r volume fraction
7, droplet radius [m]
Re Reynolds number, Re = Vd/v
S source term

Sc Schmidt number, S¢ = pv /Ty,
Sh Sherwood number, Sk = A, d/T,,

ty droplet response time [s]
T temperature [K]
v turbulent fluctuation velocity [m s~

NOMENCLATURE
A, averaging parameter V velocity [m s~
B,,, Bt Spalding mass and heat transfer W molecular weight [kg mole™']
numbers Y mass concentration.

Greek symbols

r diffusion coefficient [kg m~'s™']

7 film thickness [m]

g dissipation rate of turbulent kinetic
energy [m? s~
eddy viscosity of dispersed phase

[m?s~]

v eddy viscosity of continuous phase
[m*s~']

0 density (kg m™?)

T Kolmogorov time scale [s]

T, characteristic time scale of large scale

turbulent motion [s].

Subscripts
a air
F,f fuel oil vapor
g combustion product (flue gas)
m mixture of air and fuel vapor
p,2 particle (droplet) phase
s droplet surface
t,1  gaseous phase
0 initial status (also without the Stefan
flow)

0 far from a droplet.

Superscripts and overscores
average value
* modified value.

and the gas controls the motion of particles. Basically,
there are two approaches commonly used to predict
particulate two-phase flow. One, called the Lan-
grangian approach, treats the particles as discrete enti-
ties in a turbulent flow field and their trajectories are
calculated. The mutual coupling between fluid and
particles is accounted for by estimating the particle
source term for each computational cell visited by the
particle. This is followed by a recalculation of the
flow field incorporating these source terms. The other
approach is the so-called Eulerian approach. In this
approach, the cloud of particles is regarded as a con-
tinuum and the appropriate governing equations in
differential form are solved for both phases. The effect
of two-way coupling is incorporated as extra source
terms in the continuum equations for both phases.
Both approaches have been studied extensively and
excellent reviews in both modeling schemes exist [7,
9].
Melville and Bray [10], and Michaelider [11] studied

the influence of dispersed particles on the turbulence
structure of the carrier phase. They employed the mix-
ing length hypothesis to handle the gas—solid flow in
free jets and fully-developed pipe flows. Their
approach is limited to flows where turbulence struc-
ture changes at a slow rate in the main flow direction.
Two different sets of empirical constants were
required to achieve agreement with measurements in
free jets and fully-developed pipe flow. More recently,
general mathematical models for turbulent two-phase
flows have been proposed by Chen and Wood [12] for
Eulerian approach, and by Mostafa and Mongia [13]
for Lagrangian approach. Both employed a two-equa-
tion k—¢ turbulent model. Their comparisons with
measured data showed a reasonable agreement.

The theory of fuel droplet vaporization/combustion
has been intensively developed during the past several
decades. Detailed discussions on the subject may be
found in the reviews of Sirignano [14-16], Faeth [17],
Law [18], and Williams [19]. But these models are
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based on many oversimplified assumptions, such as
constant properties and unitary Lewis number in the
gas phase near the droplet. The effect of the Stefan
flow on heat ancd mass transfer between the moving
droplet and the gas flow is assumed to be the same as
in the case of the stagnant droplet. And the droplet
surface is postulated to be at the normal boiling tem-
perature. Recenily, more comprehensive computa-
tional studies of the dynamics of a single vaporizing
droplet inserted into a hot gas flow have been under-
taken by several authors [20-22]. Renksizbulut and
Yuen [20] presented the finite-difference analysis of
flow and heat and mass transfer around the vaporizing
heptane sphere including the effects of blowing
and variable physical properties. Haywood and
Renksizbulut [22] presented the finite-difference cal-
culations of the life history of an n-heptane droplet
moving and evaporating in its own super-heating
vapor. Abramzon and Sirignano [23] employed a so-
called film theory [24, 25] to account for the effect of
the convective transport caused by the droplet motion
relative to the gas. Consideration of variable ther-
mophysical properties, non-unitary Lewis number in
the gas film were also taken into account. As an illus-
tration, the dynamic and vaporization histories of the
droplets injected into the steady and fluctuating hot
air streams were analyzed.

Based on the above analysis, the present study pre-
sents a comprehensive method for the calculation of
turbulent two phase evaporating flow, which takes
into account all the important effects influencing the
droplet evaporation and mixing processes, such as
variable physical properties and non-unitary Lewis
number in the gas phase, influences of the gas phase
temperature, the relative velocity between the droplet
and the surrounding gas, the droplet diameter, and
the Stefan flow on heat and mass transfer. A modified
k—¢ turbulent model is used, with consideration of the
turbulent particle dispersion and the particle tur-
bulence modulation. As the rate of liquid droplet
evaporation mainly depends on the surrounding gas
temperature and the relative velocity between the
droplet and the surrounding gas, the influences of
inlet gas swirling and heating on the water droplets
evaporation and mixing processes were studied
numerically and experimentally.

Finally, the fuel droplets evaporation and mixing
processes in the pre-vaporized, premixed oil burner at
different confinement conditions were simulated to
investigate the confinement influence of the com-
bustion chamber on the fuel droplet evaporation and
the premixed combustion processes. For this analysis,
fuel oil is taken to be a single component liquid with
properties as given in the appendix.

THE MODELING OF TURBULENT EVAPORATING
FLOW USING EULERIAN SCHEME

Governing equations
In Eulerian—Eulerian models, the equations descri-
bing the state of the phase are basically the Navier—
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Stokes ones, generalized so as to allow for the facts
that each of the phase occupies only a part of the
space, given by its volume fraction, and the phases are
exchanging mass and properties. In addition, some
assumptions are made that the dispersed phase is
dilute and comprised of spherical mono-size droplets
for which droplet—droplet interactions are negligible
but fluid—droplet two-way interaction is allowed.

The steady state equations for the transport of vol-
ume fraction r; are then:

Vipr V) -V, Vr) =m; 0]

where m;; is the inter-phase mass transfer rate from
phase j to phase i. T, is phase diffusion coefficient.
Because both phases fill completely the available
space, these volume fractions fulfill r, +r, = 1, ateach
point.

Conservation of any other variable @, of phase i,
can be expressed as:

Vipr@:V,)— V((Dirr,vri) - V(rd:,rivd)i)
=T .'So,. +(F o, T [mji])(q)i‘m -0) (2

where T’y is an exchange coefficient, S, is a source
term, Fy is the inter-phase diffusive transfer coefficient,
and @™ is the value of the property at the interface
between the phases. The drag force, which appears in
the momentum equations as the inter-phase diffusive
transfer coefficient, has the form:

Fr =20l n-viv-Y)  0)

(TgoPr, T R
P

where p, is the gaseous density, r, is the droplet volume
fraction, and Cp is the drag coefficient. As exper-
imentally shown by Yuen and Chen [26], the drag
coefficient of evaporating droplets may be well
approximated by the ‘standard drag curve’ provided
the gas viscosity and other physical properties are
evaluated at the proper reference temperature and fuel
concentration,

T = T5+Ar(Tao - Ts) ; 17F = YFS+AI(YF®_ YFS)

@

where A4, is an averaging parameter, which is rec-
ommended to take the value of 1/3 (‘1/3 rule’).

Two-phase turbulence model

The hierarchy of turbulence closure models for
single-phase flows range from simple zero-equation
models to Reynolds-stress-transport models. The
present modeling approach is based on the two-equa-
tion k—¢ turbulence model in which the turbulent
stresses are modeled using a gradient constitutive
equation. However, in two-phase flow, the continuous
and the dispersed phase interact with each other at
both the mean and fluctuation levels. At the fluctua-
tion level, the droplets experience dispersion due to
the action of the turbulence field while the turbulence
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field itself experiences a modulation effect due to the
presence of droplets. To model the droplet turbulent
dispersion, the gradient type diffusion model for the
dispersed phase turbulent fluxes is adopted,

— ov; oV, 1—— ov;

oY} _E< +6x>+ 5,j< vv—}—pa ) )]
7 I — py
Ui = _F[Txi; Pol; = — paxp ®

The use of the Boussinesq assumption for the dis-
persed phase requires the definition of an ‘effective’
turbulent kinematic eddy viscosity v, and the tur-
bulent diffusivity I, and I',. These are determined
from the characteristic analysis of the underlying tur-
bulent motion by,

v 1 v(.l_ v

M=-t; r,=2= (1
v l+t*/‘r YSe” P Se, )

p

where 1, is the characteristic timescale of large scale
turbulent motion and is evaluated as t, = 0.125k/¢;
t, is the droplet response time and is evaluated as
ty = ppdi/18y,. The turbulent Schmidt number is set
to be Se, = S¢, = 0.7, following the testing of Chen
and Wood for axisymmetric flows.

Because the dispersed phase will also modulate the
turbulence structure of the carrying gas flow, even
with only a relatively small amount of droplets. This
interaction between droplets and the continuous
phase yields extra dissipation terms in the modeled
equation for k and ¢, which is derived by including the
inter-phase interaction force terms in the continuous
phase,

Ve
V(p,r,V k) —V (pl"l aVk) = pri (Pr—8)+p 1Sk
(®)

v
Vip,r\Vie)—V (plrljvs)

Cre)+p 1S, (9

€
=N E(Clst—

where P, is the turbulent production term; S, and S,
are ‘extra dissipation’ terms due to the droplet slip

velocity at the fluctuation level and, according to Chen
and Wood, is a function of droplet response time,

k
Se=—2—P2211_exp(—0.5,6/0)]  (10)
t* P
5 = 2 tp 1n
e Py

The model is valid for the situation 1, > #, > 1, where

T = ,/v/e is the Kolmogorov timescale.
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Droplet vaporization model

In the analysis of heat and mass transfer processes
in the gas phase near the droplet surface, it is assumed
that the gas phase heat and mass transfer may be
considered as quasi-steady, and the thermophysical
properties may be treated as constant, provided they
are evaluated at some reference conditions (i.e. the
‘1/3 rule’). To take into account the effect of the con-
vective transport caused by the droplet motion relative
to the gas, the so-called ‘film theory’ is employed,
which assumes that the resistance to heat or mass
exchange between a droplet surface and the sur-
rounding gas flow may be modeled by introducing the
concept of a gas film of constant thickness: &, or
dn. From the requirement that the rates of a purely
molecular transport by thermal conduction or
diffusion through the film must be equal to the actual
intensity of the convective heat or mass transfer
between the surface and the external flow, the thick-
ness of the thermal and diffusion films can be cal-
culated as,

2ry 2
Nug—=2" " Shy—2

Spp = (12)
where Nu, and Sh, are the Nusselt and Sherwood
number, respectively, #, is the droplet radius.
However, for an evaporating droplet, the presence of
the Stefan flow will influence the values of §and 4,
since a surface blowing results in the thickening of the
laminar boundary layer. This effect is considered by
introducing a correction factor,

Fi = 01/010; Fun = 0m/0mo (13)

which represent the relative change of the film thick-
ness due to the Stefan flow. Analytical results by
Abramzon and Sirignano suggest that these factors
could be approximated as a universal function of Spal-
ding number,

in(1+ B)

F(B) =(1+B)*" ——

(14)
Combining this extended film model, the classical
expression for the instantaneous droplet vaporization
rate then takes the form:

¥t = 215 r Sh* In(1 + B,y) 15)

K,
o rNuin(l+ By)

pm

m=12n (16)
here P, Ku» Com are the averaged density, thermal
conductivity, and the specific heat of the gas mixture
in the film; T, is the average binary diffusion
coefficient of the vapor in the film; SA* and Nu* are
non-dimensional parameters which have the form,

SH* = 24 (Shy—2)/Fo; Nu* =2+ (Nuo—2)/Fr
(17

where B, and B are the Spalding mass and heat
transfer numbers, defined as,
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Yr—Yr, ) _ Con(T.—T.)

B, =——2=; =
1=V T L(T)+Qu/m

(18)

with Y being the fuel mass fraction, L(7;) the latent
heat of the vapor at temperature T, Q; the heat trans-
ferred from the gas phase to the droplet interior;
subscript s and oo refer to the conditions near the
droplet surface and external gas flow, respectively.
When Lewis nuraber is not unity, these two Spalding
numbers are not equal, but related by the equation:

b= I\ /Sh* 1
AT )\t Le
The Nusselt and Sherwood numbers for non-vapo-

rizing droplets is calculated using the Clift correlation
[27]:

By =(1+B,°-1; 19

Nuy = 14 (1 + Re Pr)'*f(Re)

Shy = 1+ (1 + Re S¢)'*f(Re) (20)

where f(Re) =1 at Re <1 and f(Re) = Re®*7 at
Re < 400.

The closure equation for the determination of inter-
phase mass and heat transfer is the Clasius—Clapeyron
correlation.

STUDIES ON WATER SPRAY EVAPORATION

For a given fuel, the interfacial heat transfer
between a fuel droplet and the surrounding gas is
mainly influenced by the relative velocity between the
droplet and the surrounding gas, the gas temperature,
and the droplet diameter. Further, in the same fuel
atomization conditions, the droplet vaporization time
in a burner, defined as the total time needed for a
droplet to be completely evaporated, is solely
depended on the inlet gas swirling velocity and the
inlet gas temperature. Thus, in the design of a pre-
vaporized, premixed burner, whether fuel droplets can
be completely evaporated and a fully premixed com-
bustible gas mixture can be formed before leaving the
burner exit will depend on the strength of the inlet gas
swirl and the magnitude of the inlet gas temperature.

Experimental studies have been carried out on the
full cone water spray evaporation. The experimental
apparatus is shcwn in Fig. 1. Pure water is injected
from the central nozzle with a feeding tube diameter
of 16 mm. The injection pressure is kept at 7.2 bar
with an initial spray velocity of 12.3 m s™'. A co-
flowing air stream is blown downwards through an
annulus with a diameter of 50 mm. The swirl number
of this co-flowing air stream can be changed by adjust-
ing the mass flow ratio through the swirling conducted
inlet air pipe and the no-swirling conducted inlet air
pipe. The temperature of this co-flowing air stream is
controlled by the heaters installed on the two inlet air
pipes. Spray droplet velocities at different inlet gas
temperatures and swirl numbers are measured by a 2-

1811

D Laser Doppler Velocimeter. The results are shown
in Figs. 2-4.

Due to lack of direct means to measure the droplet
evaporation rate here, numerical simulations [28] have
also been carried out on this full cone water spray
vaporization process. A variable grid of 42 axial nodes
by 57 transverse nodes is used for this axi-symmetric
flow calculation. At the inlet, the axial velocity of
the inlet air is specified using a uniform profile with
Ve = 4.7ms™". The swirl velocity is assumed a linear
distribution along the radial direction, ranging from
8 m s™' to 25 m s~'. The velocity of the dispersed
phase is specified by subdividing the inlet region, each
having a different injection angle, increasing from 0
to 15°. The initial droplet mean diameter is estimated
to be 130 u, by comparison between the measured
axial velocity distribution in the no swirl flow and
other experimental data [29-31]. Turbulent kinetic
energy is assumed to be 2% of the inlet mean kinetic
energy. 3.5% of the characteristic length is used to
evaluate the inlet dissipation. At the exit plane, the
vanishing gradient boundary condition is imposed for
all variables. While near the wall, the conventional
wall function is used.

Figures 2 and 3 show the comparison of the droplet
axial velocity distribution along the axis by numerical
simulation and by experiments, in no swirl and swirl
inlet air conditions, respectively. Good agreement is
generally obtained. The relative higher measured vel-
ocities near the nozzle exit are expected because the
numerical model does not consider the jet film break-
ing down process, and in the swirling flow they are
further caused by the fact that only relative large drop-
lets stay near the axis. Figure 4 gives further com-
parison of the droplet axial velocity profile along the
radial direction at five different axial Z positions,
in the no swirl inlet air flow. Agreement is again
satisfactory.

Figure S shows the calculated stream lines dis-
tribution in no swirl flow. At this condition, droplets
are flowing and mixing with the co-flowing air only in
a narrow region, and droplet axial velocity decreases
slowly. As a result of poor mixing and low relative
velocity difference, the interfacial heat transfer
between the droplet and its surrounding gas is also
low, which is shown in Fig. 6 where the gaseous
temperature only slightly decreased from 352 K at
inlet to 339 K near the base board. Thus droplet
vaporization rate is low, as can be seen in Fig. 7 which
shows that droplet mean diameter is decreased only
from 130 u at inlet to 115 u near the base board.

In the swirl flow, however, strong swirl causes a
reverse axial air flow near the nozzle exit, and a high
radial gaseous velocity (see Fig. 8 which shows the
stream lines distribution in swirl flow). As the initial
droplet axial velocity is high, while radial velocity is
low, intensive mixing and interfacial momentum, heat,
and mass transfers between the droplet and its sur-
rounding gas will take place. As a result, sharp drop
of the droplet axial velocity and a quick increase of the
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Pure water
No swirling air Heater Heater
Swirling air
Spray nozzle
Computer i
by
Firet
A ﬁf + o+ ﬁ;
-+ +
Base board

AXIAL VELOCITY (M/S)

Fig. 1. Schematic diagram of the experiment apparatus.

0.00 0.05 0.10 0.15 0.20 0.25 0.30

AXIAL DISTANCE (M)

Fig. 2. Droplet axial velocity distribution along the axial line without swirl.
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Fig. 3. Droplet axial velocity distribution along the axial line with swirl.
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Fig. 4. Droplet axial velocity distributions along the radial distance without swirl.
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Fig. 5. Calculated stream lines distribution contour without swirl.

droplet radial velocity are observed. Thus the droplet
evaporation time is prolonged, and turbulence inten-
sity is strengthened. Figure 9 shows the calculated
continuous phase temperature field, where gaseous
temperature dropped from 327 K at inlet to 295 K
near the base board, which is only marginally above
the ambient temperature of 292 K. And droplet vapo-
rization is faster, even though the inlet temperature at
swirl flow is much lower than at no swirl condition,

as can be seen in Fig. 10 which shows that the droplet
mean diameter is decreased from 130 g at inlet to 101
4 near the base board.

NUMERICAL SIMULATIONS ON PREMIXED OIL
BURNER EVAPORATION

As swirl can greatly enhance heat and mass transfer
rates between the droplets and the surrounding gas,
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301 K
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BASE BOARD
309 K

318 K
=
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AXTAL DIRECTION (M)
Fig. 6. Calculated gaseous temperature distribution contour without swirl.
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0.4- 105
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0.2/ BASE BOARD
115
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/|
INLET —
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0.1 0.2

AXIAL DIRECTION (M)
Fig. 7. Calculated droplet diameter distribution contour without swirl.

in the design of a pre-vaporized, premixed oil burner,
inlet air enters the burner tangentially through the two
slots near the burner wall to keep a maximum swirl
number obtainable from the constraint of available
fan capacity and mass flow rate of air. Thus, fuel
droplets vaporization rate will now mainly depend on

the other major factor: the available energy needed
to evaporate the droplets, by increasing the tem-
perature of the gaseous mixture. In the premixed oil
burner-boiler system, this is achieved by introducing
in-furnace flue gas recirculation into the burner. A
schematic diagram of this premixed oil burner is
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Fig. 8. Calculated stream lines distribution contour with swirl.
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Fig. 9. Calculated gaseous temperature distribution contour with swirl.

shown in Fig. 11. The amount of the recirculated
flue gas depends on the gas swirl number and on the
combustion chamber confinement. The narrower the
combustion chamber diameter and the exit area, the
higher the amount of flue gas recirculation, which will

result in a better fuel droplets vaporization and a
lower NO emission level due to a higher flue gas
dilution. For a 30 kW oil boiler with an initial fuel air
equivalence ratio of about 0.8, studies {2, 3] show
that the optimum chamber to burner diameter ratio
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Fig. 10. Calculated droplet diameter distribution contour with swirl.

flue gas

Inlet air & flue gas recirculation

CGombushy

zone

Burner
Inlet air & flue gas

Fig. 11. Schematic diagram of the premixed oil burner.

is about 3 : 1. Increasing this diameter ratio to be above
5.4:1 will eventually quench the flame due to poor fuel
droplets vaporization. While reducing this diameter
ratio by a further 30% may result in a further 10%
decrease of NO emission level, but the flame already
reaches to its flammability limit. According to these
studies, with a chamber to burner diameter ratio of
3:1, the recirculated flue gas pressure near the burner
inlet port P, is about 15 N m~2, with about 24% flue
gas dilution and a stable premixed flame. But when
the diameter ratio increases to 5.4:1, this pressure
reduces to about 3 N m~2, with about 5% flue gas
dilution and the flame quickly quenches. How these
changes in flue gas recirculation pressure will affect
the fuel droplet vaporization process is numerically
simulated here.

In the calculation, the recirculated flue gas tem-
perature is estimated to be 900°C, according to our
measurement. The inlet air and fuel temperatures are

7/

f
0.2

taken the same, 25°C. The mass flow rate of the fuel
oilis 2.1 kg h™', and the excess oxygen concentration
is 0.038. Initial oil spray injection velocity is 12.3 m
s”', with an estimated mean diameter of 100 um.
Initial air injection velocity is estimated to be 17.3 m
s~!, which at continuous working condition enters the
burner tangentially. As mentioned above, the inlet flue
gas pressures are 15 and 3 N m~ respectively. Results
are shown in Figs. 12-15.

Figure 12 shows the calculated gaseous temperature
and gaseous velocity distributions at P, = 15 N m~2.
The inlet air is swirling into the burner through the
slots near the burner wall. This strong swirl causes a
low pressure zone near the burner axis, which will
induce a small recirculation zone to be formed near
the center of the burner exit useful to stabilize the
premixed flame, and which will draw the recirculated
flue gas into the burner through the burner inlet port.
This high temperature flue gas then contacts directly
with the injected fuel droplets. Thus the atomized fuel
droplets are immediately surrounded by hot gas with a
temperature of about 1000 K, and evaporated quickly.
Figure 13 shows the calculated droplet diameter dis-
tribution. Near the burner exit, droplet diameter
reduces to about 40% of its original value, which
implies that about 93% of the liquid fuel has been
evaporated. The remainder will be vaporized quickly
as soon as they enter the recirculation zone near the
burner exit by the hot combustion products. Thus a
fully pre-vaporized, premixed combustible mixture is
formed before entering the combustion zone.

But when the flue gas pressure near the burner inlet
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Fig. 12. Calculated gaseous velocity and temperature distribution (P, = 15 N m~?).
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Fig. 13. Calculated droplet diameter distribution contour (P, = 15 N m~?).

port drops to P, =3 N m~2, the percentage of the
recirculated flue gas which enters the burner decreases
to 5%, resulting in a lower inlet flue gas velocity at
the burner inlet, and a much larger recirculation zone
near the burner ¢xit, as can be seen in Fig. 14. The
figure also shows the calculated continuous phase tem-
perature field. This time, the gaseous temperature
decreases quickly from the inlet value of 1173 K to
about 450 K near the burner exit. And the fuel droplets
are also evaporated much slower, as is shown in Fig.
15. The exit mean droplet diameter remains as high
as 71% of its original value, with only about 64% of
the liquid fuel evaporated.

According to the detail kinetic analysis of the pre-
mixed oil laminar flame [32], the dilution flammability
limit of evaporated fuel oil is approximately linearly
increasing with the unburned mixture temperature.
That is, in fuel lean condition, the flammability limit
mass fraction of gaseous fuel is determined by,

Y,
( ‘> =1-0.00075T
Yi—0 Jiimit

where Y;is the mass fraction of gaseous fuel in the
unburned mixture, Y;_,is the maximum mass fraction
of gaseous fuel when the unburned mixture is not

03y
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Fig. 14. Calculated gaseous velocity and temperature distribution (P, = 3 N m™3).

BURNER WALL
/

RADIAL DIRECTION (M)

AR A A S AR R A S S S S S | 0.04
/
79 /
79 /
/
£ {-o.02
EXIT
INLET
1Q0
I | 1 t 7/
0.08 0.06 0.04 0.02

AXIAL DIRECTION (M)

Fig. 15. Calculated droplet diameter distribution contour (P, = 3 N m~?).

diluted by flue gas and fuel droplets are fully evap-
orated, T is the unburned mixture temperature in
Kelvin. While the actual mass fraction of gaseous fuel
in the unburned mixture can be estimated by

Y
(7f=_0>ac\
={1 1 fi ’
- ( _Mg/Wg+Ma/Wa+Mf/Wf>[ _(do) ]
(22)

where M,, M;, M, are mass flow rates of air, fuel,
and flue gas which enters the burner. W,, W, W,
are their molecular weights, respectively. d/d, is the
ratio of the exit droplet diameter to its initial value
(un-evaporated). When the flue gas pressure near the

M,/W,

burner inlet port equals 15 N m ™2, the actual and the
flammability limit mass fraction ratio of gaseous fuel
near the burner exit are 0.674 and 0.542, respectively.
So the actual value is higher than the flammability
limit one, a stable premixed flame is expected. But
when the flue gas pressure near the burner inlet port
reduce to 3 N m~2, the calculated actual and flam-
mability limit mass fraction ratio of gaseous fuel near
the burner exit are 0.507 and 0.625, respectively. As
the actual value now is lower than the flammability
limit one, a premixed flame can no longer sustain.
And the high swirl flow will eventually quench the
flame, as has been observed.

CONCLUSION

A comprehensive method for two phase evap-
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orating flow calculation has been developed. This
model takes into account all the important effects
which influence the droplet evaporation and mixing
processes, such as variable physical properties and
non-unitary Lewis number in the gas phase, influences
of the gas phase temperature, the relative velocity
between the droplet and the surrounding gas, the
droplet diameter, and the Stefan flow on heat and
mass transfer. A modified k—¢ turbulent model is used,
with consideration of the turbulent particle dispersion
and the particle turbulence modulation. Good agree-
ments with the measured data with and without swirl
prove the method having a reasonable prediction
accuracy.

In the design of a pre-vaporized, premixed oil
burner, two major factors control the evaporation and
mixing processes of the atomized fuel droplets: the
inlet air swirl and the in-furnace flue gas recirculation.
A strong inlet air swirl can greatly enhance mixing
between the droplets, the air, an the recirculated flue
gas which enters the burner. It also sharply reduces the
droplet axial velocity, and thus prolongs the droplet
evaporation and mixing time.

In-furnace flue gas recirculation is the main way
to supply energy for fuel droplets evaporation. To
maintain a stable premixed combustion, proper com-
bustion chamber confinement should be designed to
ensure that sufficient recirculated flue gas is supplied
to fully vaporize the fuel droplets before exiting from
the burner and the actual mass fraction of the gaseous
fuel is higher than the flammability limit one.
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APPENDIX: FUEL OIL PHYSICAL PROPERTIES

Physical properties of fuel oil vapor/air mixture were cal-
culated at reference film conditions (the ‘1/3” rule) using the
standard additive rules for an idea gas

P = [(Pe/pe) +(1—TFg)/p.) !
Con = Cor Te + Coa(1— ).

The Wilke rule was used for the dynamic viscosity and ther-
mal conductivity. In the analysis fuel oil is taken to be a
single component liquid with the following correlation being
used :

binary diffusion coefficient :

T = 546 x 107(7/300)!°¥*P~! [m*s~']
vapor thermal conductivity :

ke = 1.213x107°(7/300)"* [kIm~'s ' K™']
vapor dynamic viscosity :

ur = [0.04+1.75(7/1000)] x 10~° [kgm~'s~]

vapor specific heat :

B. ZUO and E. VAN DEN BULCK

Cyr = 0.1066+5.761(T/1000) — 1.674(T/1000)>
+0.473(7/1000)° [k kg~' K~'].

Liquid fuel oil properties (except viscosity) were assumed to
be constant and evaluated at some average temperature

where T, is the droplet surface temperature. Thus, for exam-
ple, at T = 400 K

p» =810kgm~3
Cn=22klkg" K™
ky =1054x107*kIm ' K™'
L(T,) = 270 kJ kg .

The liquid dynamic viscosity was calculated at the surface
temperature using the following approximation :
U, = 1.4x 1073 exp(T,/300—1) [kgm~'s™'].

The average molecular weight is 170, and the average boiling
temperature is 523 K at atmospheric pressure.



